Predictive models for process parameters during regeneration of spent catalyst in an industrial fluid catalytic cracking (FCC) unit are presented. The models adopt a twophase theory where the dense region of the regenerator is divided into a bubble-phase and an emulsion-phase. The bubble-phase is modelled as a plug flow reactor, while the emulsion-phase is modelled as a continuous stirred tank reactor (CSTR). Profiles for regenerator-temperature, quantity of coke burnt, and flue gas composition, at different operating conditions are also presented. Model-predictions are compared with plant data and good agreement is obtained. Simulation results indicate that inlet-air velocity and catalyst-bed height have significant influence on the performance of the rege nerator. The model-estimated optimum operating conditions of the regenerator are regeneratortemperature of about 1000 K, inlet-air velocity of about 13.5 m/s, and catalyst-bed height of 13 m.
INTRODUCTION
Fluid catalytic cracking (FCC) is one of the key processes in modern petroleum refining. While it evolved about 50 years ago, the technology is still being improved upon (Gary & Handwerk, 2001; Sadaghbeigi, 2000; Jones and Peter, 2006) due to many challenges brought about by environmental regulations, product-quality demands, and economics. Catalytic cracking is similar to thermal cracking except that catalysts facilitate the conversion of the heavier hydrocarbon molecules into lighter products. Use of catalysts in the cracking reaction increases the yield of improved-quality products under much less severe operating conditions than thermal cracking. Since the cracking reactions produce carbonaceous material (referred to as coke) that deposits on the catalyst and very quickly reduces the catalysts reactivity, burningoff the deposited coke with air blown into the regenerator regenerates the catalyst. The regenerator operates at a temperature of about 1000K and a pressure of about 241 kPa. Combustion of coke is exothermic and it produces large amount of heat that is partially absorbed by the regenerated catalyst and also provides the heat required for vaporization of the feedstock and the endothermic cracking reactions that take place in the riser-reactor. For this reason, FCC units are often referred to as heat balanced (Ahari et al, 2008; Han & Chang, 2001; Ali et al, 1997) .
The regenerator is divided into two regions, namely an upper "dilute region" and a lower "dense region." Most of the models proposed for catalyst regeneration focus on the dense region which is further divided into a bubble-phase and an emulsion-phase (i.e. two-phase model). The advantage of this two-phase model of the dense region is that it describes the whole range of fluidization regimes that covers the operating conditions of various types of FCC regenerators. The earliest models were single-phase, simplecontacting model with plug flow, and dispersion of reacting components with tanks in series (Arthur, 1951; Rowe & Patridge, 1965; Weiz & Godwin, 1966) . Several workers (Weiz & Godwin, 1966; Morley & De-Lasa, 1987; Morley & De-Lasa, 1988) carried out extensive studies on the kinetics of coke burning reactions for zeolite catalyst and estimated the kinetic parameters for the process but did not apply the kinetic parameters to simulate industrial FCC regenerator. Other workers (De-Lasa et al, 1981; Errazu et al, 1979; Krishnaiah et al, 2007) performed steady-state analysis of the regenerator using the two-phase theory (bubblephase rich in gases, and emulsion-phase rich in catalyst particles).
Dynamic models have also been developed in several studies for FCC regenerator. For example, Rao et al. (2004) developed a dynamic model for FCC regenerator in which the dense region was divided into two phases (bubble and emulsion-phases), with both phases modelled as continuous stirred tank reactors (CSTRs) in series. Ali et al. (1997) presented a dynamic model for FCC regenerator that comprises several ordinary differential equations, and also presented analytical solutions of the system of differential equations based on pseudo-steady state conditions. Han and Chung (2001) presented a dynamic model for FCC regenerator with the assumption that the catalysts in the dense bed are in thermal equilibrium with the gases in the bubble-phase, and the gases in both the bubble and emulsion phases are in tubular flow, but most of the parameters used in this model cannot be easily obtained without extensive experimental studies; thus, the model cannot be adapted for the simulation of industrial FCC unit.
In this study, the dense region of the regenerator is also modelled as two phases (bubble and emulsion), but the temperature in the emulsionphase is assumed to be higher than that in the bubble-phase due to the high density of catalyst in the emulsion-phase. In the works of Han and Chung (2001) and Ali et al. (1997) , constant superficial velocity was assumed in both the bubble and emulsion phases. However, it is assumed in this study that the gases in the emulsion-phase are at minimum fluidization velocity while the gases in the bubble-phase are above the minimum fluidization velocity, noting that the sum of the velocities in the emulsion and bubble phases equals the constant superficial velocity. The assumption of minimum fluidization velocity in the emulsion-phase is justified by the fact that the catalyst spends longer time in the emulsion-phase (with high catalyst density) than in the bubble-phase (with low catalyst density) which also favours catalytic combustion in the emulsion-phase. The models presented are used to simulate the regenerator of a functional FCC unit in a Nigerian refinery.
Coke combustion kinetics in regenerator-reactor Usually, coke is a mixture of different components (carbon, hydrogen, nitrogen, sulphur, etc.), but mainly carbon (Ali et al. 1997) . Thus, during catalyst regeneration in FCC unit, coke is burnt to produce carbon monoxide and carbon dioxide (Rao et al. 2004; Arbel et al. (1995) . Also, the homogeneous CO combustion reaction taking place in the bubble-phase is assumed to be negligible compared with the catalytic CO combustion in the emulsion-phase (Ali et al. 1997 , Elnashaie & Elshishini, 1993 . Hence, the following irreversible coke combustion reactions occur in the emulsionphase of a regenerator (Weiz & Godwin, 1966) .
where C K is the reaction rate constant for coke burning, and CO K is the reaction rate constant for the catalytic CO combustion. Equation (3) is the "after-burning" reaction which takes place in the dense region if sufficient oxygen is supplied to support it. The reaction which goes to completion in the dense region of a regeneration to fully regenerate the catalyst is called the "controlled-after-burning" reaction. However, CO burning is usually initiated by using a promoter, which is a catalyst that speeds up the reaction of carbon monoxide to carbon dioxide. The promoter, usually a metal like platinum, is attached to the FCC catalyst during manufacturing.
Platinum-based combustion promoters have been utilized in FCC units to catalyze the oxidation of CO to 2 CO for over 30 years (Gary & Handwerk, 2001; Yang, 2003; Gauthier et al. 2000) . The better the dispersion of platinum, the more effective is the combustion of coke. The rate expressions for the component gases in the emulsion-phase are obtained as follows
Carbon monoxide (CO):
where ) ( (4) -(7) and defined as follows (Han & Chang, 2001; Ali et al. 1997) . concentrations of flue gases in the emulsion and bubble phases respectively. The "dilute region" is the section between the top of the regenerator and the boundary between the two regions, while the "dense region" extends from the boundary between the two regions to the exit of the regenerator and is divided into a bubble-phase and an emulsion-phase (Kunii & Levenspel, 1991) . The amount of solids entrained in the dilute region is usually very small compared to the total amount of catalyst retained in the regenerator vessel. Most of the coke on the catalyst pellets is combusted in the dense region; that is, full combustion of coke to 2 CO is assumed in the dense region. Accordingly, the effect of the dilute region on the overall performance of the regenerator is ignored (Ali et al. 1997) . The air distributors, spent catalyst, and cyclones recycle pipes in the emulsion-phase, produce enough turbulence that justifies this phase to be modelled as a continuous stirred tank reactor (CSTR). Hence, it is assumed that the emulsion-phase is a bed at minimum fluidization velocity and coke combustion reactions occur in this phase, while the bubblephase moves as plug flow and exchanges mass and heat with the emulsion-phase without coke combustion reaction due to its deficiency in catalyst particles (Khrisnaiah et al. 2007 ). In the derivation of the mathematical models for coke combustion and catalyst regeneration, the following assumptions are made:
i.
Unsteady-state conditions for the energy and coke combustion balances in the emulsion-phase due to high density of catalyst (Ali et al. 1997) , and steady-state condition for the same operations in the bubble-phase due to low density of catalyst.
ii. The homogeneous combustion reaction taking place in the bubble-phase is negligible compared with the catalytic CO combustion in the emulsion-phase (Ali et al. 1997 , Morley & De-lasa, 1988 .
Mass balance for coke combustion in the emulsion-phase: Application of the law of conservation of mass to coke combustion in the emulsion-phase based on the above assumptions, gives
where the dimensionless rate of change of catalyst-bed height is obtained as
The dimensionless variables in equations (14) and (15), and the volume of the regenerator, are defined as 
Mass balance for gases in the bubble-phase:
Application of the law of conservation of mass to gases in the bubble-phase, with the assumptions of no accumulation of gases and without coke combustion reactions, gives the material balance for the flue gases as Mass balance for gases in the emulsionphase: Application of the law of conservation of mass to gases in the emulsion-phase, with coke combustion reactions and accumulation of gases, gives the material balance for the flue gases as Energy balance in the bubble-phase: In the bubble-phase, steady-state operation is assumed because of the high velocity of gases, and it is also assumed that no combustion reaction takes place due to low catalyst density. Application of the law of conservation of energy to gases in the bubble-phase based on the above assumptions, gives the energy balance in this phase as 
Energy balance in the emulsion-phase:
Application of the law of conservation of energy to coke on spent and regenerated catalysts as well as the gases in the emulsion-phase, with coke combustion reactions, accumulation of gases, and transfer of heat between the bubble and emulsion phases, gives the energy balance in the emulsion-phase as T is the riser-temperature. Note that the inlet temperature of the regenerator is partly the temperature of the spent catalysts entering the regenerator from the riser, and partly the inlet ambient air temperature.
Hydrodynamic specifications:
The interchange mass-transfer coefficients between the bubble and emulsion phases are related in the form (Kunii & Levenspel, 1991; Davidson & Harrison, 1963) . D is the air diffusivity through the catalyst, g is the acceleration due to gravity, mf  is the voidage at minimum fluidization, and br U is the rise-velocity of a single bubble in the bed and is given by (Froment & Bischoff, 1990) . 
The flow velocities in the analysis are related in the form (Froment & Bischoff, 1990) . 
K is the pre-exponential constant, E is the activation energy, R is the universal gas constant, and T is the absolute temperature. Table 1 shows the kinetic parameters for coke and carbon dioxide used in this study. The dimensions of some components of a typical FCC unit, and some physical properties of the reacting species, are presented in Tables 2-4. The heat of reaction of the flue gases and the various combustion reactions were estimated using expressions presented by Han and Chung (2001) . Table 5 that the predicted data agree reasonably well with the plant data. For proper catalyst regeneration with low carbon content on the regenerated catalyst, and complete burning of CO to CO 2 , there must be excess oxygen concentration of 1 to 4 mol % (Bai et al. 1998) in the regenerator which is consistent with the plant value and modelprediction in Table 5 . Although carbon monoxide was not detected in the flue gas of the plant data (Table  5) , the model-predicted 5.7 mol.% concentration of carbon monoxide in the flue gas is recommended for combustion in the CO boiler to generate superheated steam and energy for the plant. Figure 2 shows plots of mole fraction of the flue gases against dimensionless time, indicating that the concentration of oxygen increases rapidly with time to a maximum value of 0.0742 corresponding to a dimensionless time of 0.025, and then decreases to 0.0312 at a corresponding dimensionless time of unity. We note in Fig. 2 that initial concentrations of oxygen, carbon monoxide, and carbon dioxide were chosen (Han & Chang, 2001 ) in order to simulate the models. Thus, the initial rapid increase in the concentrations of theses gases may indicate that the chosen initial concentrations of the gases are less than their 'actual' concentrations at the beginning of coke combustion. However, as the coke combustion process progresses, oxygen from the inlet air reacts with coke on the spent catalyst to produce carbon monoxide and carbon dioxide according to the combustion reactions (1) and (2), so the concentration of oxygen in the exit gases decreases with time while the concentrations of carbon monoxide and carbon dioxide increase with time. But the concentration of carbon monoxide in Fig. 2 increases to a maximum value and then decreases from the maximum value with time. Although the decrease in concentration of carbon monoxide with time after the maximum value may be due to its conversion to carbon dioxide, this conversion process may not be attributed to the presence of significant quantity of oxygen in the regenerator since oxygen also decreases with time during the period of carbon monoxide depletion. Hence, the decrease in concentration of carbon monoxide with time after the maximum value may be due to the contribution of combustion promoter which sustains and speeds up the reaction of carbon monoxide to carbon dioxide. Figure 3 shows the variations of regeneratortemperature and quantity of coke burnt with dimensionless time. The coke on spent catalyst is burnt continuously leading to its decrease from an initial value of 0.051wt.% to about 0.008wt.% (at a dimensionless time of unity). The regeneratortemperature increases gradually from an initial value of about 797K to 1000K (at a dimensionless time of unity). The increase in regenerator-temperature with time is due to accumulation of heat produced by the exothermic coke combustion reactions taking place in the regenerator. Figure 4 shows the influence of inlet-air velocity on the mole fraction of the flue gases (i.e. oxygen, carbon dioxide, and carbon monoxide) in the regenerator. It may be seen from Fig. 4 that the mole fractions of both oxygen and carbon monoxide decrease as the inlet-air velocity increases, while the mole fraction of carbon dioxide initially decreases slightly from a value of 0.149 at 10.5 m/s to 0.138 at 13.5 m/s, and then increases to a value of 0.168 at 18.5 m/s. The decrease in the mole fractions of oxygen and carbon monoxide as the inlet-air velocity increases indicates that these gases are consumed in the regenerator and their rates of consumption increase as the inlet-air velocity increases. Since the only sources for consumption of oxygen and carbon monoxide in the regenerator are the coke combustion reactions (1) - (3), it means the rates of these chemical reactions increase as the inlet-air velocity increases. This is similar to the effect of velocity of a drying medium on a drying process where drying rate (especially in the constant-rate period) increases with increase in velocity of the drying medium. As the inlet-air velocity increases, the rate of oxygen supply to the regenerator also increases and the combustion reactions (1) -(3) are enhanced, so that the mole fraction of carbon dioxide is expected to increase as the inlet-air velocity increases and not for the mole fraction of carbon dioxide to decrease as the inlet-air velocity increases to 13.5 m/s as obtained in Fig. 4 . Thus, the initial decrease in concentration of carbon dioxide suggests that both carbon dioxide and carbon monoxide are not produced in the regenerator by the combustion reactions for inlet-air velocity less than 13.5 m/s. In other words, combustion of coke and carbon monoxide do not take place in the regenerator at inlet-air velocity less than 13.5 m/s, such that the minimum inlet-air velocity required to initiate combustion reactions in the regenerator may be taken to be 13.5 m/s. For proper catalyst regeneration and complete burning of carbon monoxide to carbon dioxide, the inlet-air velocity must always be in excess of the "theoretical" or exact amount required (NPHRC, 1987) . Air velocity must be adjusted to ensure proper coke combustion and catalyst regeneration without "after-burning or "behind-in-burning" reactions. Figure 5 shows the effect of inlet-air velocity on the regenerator-temperature and quantity of coke burnt, indicating that the quantity of coke burnt increases as the inlet-air velocity increases. This is due to increase in the rate of coke combustion reactions resulting from a corresponding increase in the rate of oxygen supply to the regenerator as the inlet-air velocity increases, which is consistent with the trend of oxygen profile in Fig. 4 . The regenerator-temperature increases to a maximum value of about 1000K as the inlet-air velocity increases to corresponding value of about 14.0 m/s, and then remains approximately constant at this maximum temperature for higher values of the inlet-air velocity. At the optimum regenerator-temperature, the operation of the regenerator is said to have reached 'total combustion regime' and any carbon monoxide present in the regenerator is converted to carbon dioxide. At inletair velocity above the optimum value, the spent catalyst spends less time (low residence time of spent catalyst) in the regenerator caused by channelling and by-passing effect inherent in typical fluidized-bed reactors (Cheremisinoff & Cheremisinoff, 1984) . Some portion of the spent catalyst also escapes with the flue gases without proper contact with the combustion air. It is very essential that the coke be burned off the spent catalyst at the same rate as it is produced in the riser reactor. This can be achieved by maintaining a small amount of excess oxygen in the regenerator above that which is required to burn the coke. When all the coke is not burnt, the unit is said to be 'behind-inburning' with the result that the catalyst turns grey (Bai et al. 1998 ) and loses its activity thereby decreasing the yield of desired products in the riser. To avoid this, the velocity of air entering the regenerator should be increased gradually. Figure 6 shows the effect of catalyst-bed height on the mole fractions of the flue gases. It is obvious from Fig. 6 that the mole fraction of carbon dioxide decreases as the catalyst-bed height increases, reaching a minimum value of about 0.11 at catalystbed height of about 14 m; thereafter, the mole fraction of carbon dioxide increases slightly as the catalyst-bed height increases. Unlike carbon dioxide, the mole fraction of carbon monoxide increases as the catalyst-bed height increases, reaching a maximum value of 0.162 at catalyst-bed height of about 14m; thereafter, the mole fraction of carbon monoxide decreases as the catalyst-bed height increases. The mole fraction of oxygen, on the other hand, increases continuously as the catalyst-bed height increases. At low catalyst-bed height, the quantity of coke to be burnt is small and there is sufficient amount of oxygen supply from the inlet air (at constant velocity) so that all three combustion reactions (1) -(3) take place in the regenerator. As the catalyst-bed height increases, the quantity of coke to be burnt also increases, but CO combustion reaction (3) decreases due to insufficient amount of oxygen to support it, so that incomplete combustion of coke to produce CO (i.e. combustion reaction (2)) prevails in the regenerator. Hence, as the catalystbed height increases, the concentration of oxygen in the regenerator increases partly due to incomplete combustion of coke and partly from its constant supply from the inlet-air, the concentration of carbon dioxide decreases, while the concentration of carbon monoxide increases. At catalyst-bed height of about 14m, the concentration of oxygen in the regenerator is high enough to support and sustain CO combustion reaction (3) to form carbon dioxide, so that the concentration of carbon monoxide decreases while the concentration of carbon dioxide increases slightly for catalyst-bed height greater than 14m as obtained in Fig. 6 . Figure 7 shows the effects of catalyst-bed height on the quantity of coke burnt and the regeneratortemperature. It may be seen from Fig. 7 that the quantity of coke burnt decreases as the catalyst-bed height increases, which is due to increase in the quantity of coke to be burnt with constant supply of oxygen from the inlet-air. At catalyst-bed height of about 14m and higher, the quantity of coke burnt is theoretically zero, meaning that almost no coke on the spent catalyst is burnt for this range of catalystbed height (see Fig. 7 ). Hence, the lower the catalystbed height, the better and more effective the coke burning process, such that the optimum catalyst-bed height for regeneration of spent catalyst may be estimated from Fig. 7 to be 13m, beyond which, negligible coke combustion takes place. Figure 7 also indicates that the regenerator-temperature increases as the catalyst-bed height increases, reaching a maximum value of about 1150K at catalyst-bed height of about 13m; thereafter, the regeneratortemperature decreases as the catalyst-bed height increases. The increases in regenerator-temperature as the catalyst-bed height increases is, of course, due to the exothermic combustion reactions (1) -(3) taking place in the regenerator. At the maximum temperature of about 1150K, the operation of the regenerator has reached "total combustion regime" and any carbon monoxide present in the regenerator is converted to carbon dioxide. The decrease in regenerator-temperature for catalyst-bed height greater than 13m indicates that some of the coke on the spent catalyst are not burnt, which reduces both the heat produced by the exothermic combustion reactions and the temperature of the regenerator for the said range of catalyst-bed height as obtained in Fig. 7 . It may be observed that the maximum regenerator-temperature in Fig. 7 is higher than its maximum value of about 1000K in Figs. 3 and 5 , where the difference may be attributed to additional heat resulting from the effect of catalyst-bed height on the combustion reactions (1) -(3) when the inletair velocity is maintained at a constant value. CONCLUSION: Models which incorporate coke combustion kinetics and hydrodynamic parameters have been developed for simulation of industrial FCC regenerator. Profiles for regenerator-temperature, quantity of coke burnt, and flue gas composition, at different operating conditions have also been presented. FCC catalyst regeneration is a very complex process and many factors (solid mixing, inlet-air velocity, temperature of spent catalyst, carbon content on spent catalyst, etc) influence the performance of the regenerator. Simulation results indicate that catalyst-bed height and inlet-air velocity have significant effects on catalyst regeneration process. Temperature plays a very important role in the regeneration of spent catalyst. It is preferable to maintain an optimum temperature of the regenerator that gives high reaction rate of coke combustion and low carbon content on regenerated catalyst. But caution should be taken not to operate the regenerator at such a low temperature that would quench the reaction or at such a high temperature that the FCC catalyst becomes permanently deactivated due to steam generated from hydrogen combustion (Garry & Handwerk, 2001 , Bai et al. 1998 .
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